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Abstract — Free radical solution polymerization of styrene in two stage polymerization process has been studied
using a binary mixture of symmetrical bifunctional initiators. The continuous reactor system was composed of two
reactor units; a prepolymerization reactor (e.g. stirred tank reactors) and a filled tubular reactor packed with static
mixers. When the stirred tank reactor was used as a prepolymerizer, a feed stream to the filled tubular reactor
was more viscous than the monomer/solvent mixture. It was of interest to investigate how the performance of the
filled tubular reactor has been investigated by the feed of viscous prepolymer solution. A dynamic model of the
continuous two stage polymerization process was presented by experimental data and model simulation. A reasonably
good agreement between the model and the experimental data was obtained without using any adjustable parameters,
The experimental results of the two stage polymerization were compared with the results without prepolymerization
reactor. It was found that the addition of a prepolymerization reactor has almost no effect on the performance of

the filled tubular reactor.
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INTRODUCTION

Batch polymerization processes are widely used in the polymer
industry for the production of various polymers in small-to-me-
dium volume. Inherent advantages of batch polymerization pro-
cesses include flexibility of reactor operation and low capital in-
vestment. However, drawbacks in batch operation are low reactor
productivity and inconsistent batch-to-batch product quality varia-
tions. Moreover, batch stirred reactors are, in general, not suitable
for high conversion bulk polymerization of vinyl monomers be-
cause of rapidly increasing viscosity of the polymerizing mixture.

It is well known that continuous polymerization processes offer
many advantages over batch processes and that they are more
suitable for the production of large volume commodity polymers.
In continuous processes polymer quality control can be accom-
plished relatively more easily than batch processes. However, the
design of reactor controls is not always easy. This is due partly
to the complexity of the polymerization kinetics and nonlinear
reactor behavior which are often poorly understood. A lack of
on-line sensors for product quality measurements is another prob-
lem common in batch and continuous polymerization proces-
ses,

Continuous polymerization processes are used in the polymer
industry for the production of a wide variety of polymers in solu-
tion, emulsion and bulk phases. Although reactor configurations
may vary from process to process, the reactors employed in indus-
trial continuous polymerization processes can be categorized broad-
ly into the following: continuous stirred tank reactors (CSTR) in-
cluding cascade of CSTRs, linear flow reactors (LFR), tubular reac-
tors, and fluidized bed reactors (for transition metal catalyzed
olefin polymerizations). The three most important criteria in se-
lecting a specific reactor configuration are the nature of polymeri-
zation medium (e.g., homogeneous vs. heterogeneous, low viscos-
ity vs. high viscosity, etc), reactor productivity and operability,
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and the controllability of polymer properties. In the following,
a brief review of some important features of industrial continuous
polymerization reactors is presented and some incentives for the
filled reactor system studied in this work are discussed.

Continuous stirred tank reactors are used mostly for solution,
emulsion and slurry polymerization in which the viscosity of the
polymerization mixture is not very high. When stirred reactors
used for bulk polymerization or for solution polymerization with
a low solvent volume fraction, monomer conversion attainable is
often limited to only about 20-30% due to high viscosity and poor
heat transfer capability of the reaction mixture at higher conver-
sions. There is a plethora of literature on the modeling of ideal
continuous stirred tank polymerization reactors. These reactors
may exhibit highly nonlinear steady state and dynamic behaviors
as reported by many workers [Knorr and O'Driscoll, 1970; Jaisi-
nghani and Ray, 1977; Hamer et al, 1981; Brooks, 1981; Schmidt
and Ray, 1981; Schmidt et al., 1984; Thiele, 1984, 1986; Carratt
et al, 1984; Taylor and Reichert, 1985; Choi, 1986; Mankin and
Hudson, 1986; Henderson, 1987, 1989; Kim and Choi, 1988; Kim
et al., 1990]. These workers show that steady state multiplicity,
parametric sensitivity and oscillatory phenomena observed in
many CSTRs would make the design of reactor controls difficult.
In some industrial processes, stirred tank reactors are modified
to such as horizontal multicompartmented reactors and tower
reactors to deal with viscosity polymer solutions. Such reactors
are often called linear flow reactors and they can be viewed as
a cascade of CSTRs.

Because of their geometrical simplicity and relatively large sur-
face to volume ratio for heat transfer, empty tubular reactors have
been considered to be potentially good polymerization reactors.
Indeed, tubular reactors have been used in the polymer industry
for many years, notably for free radical ethylene polymerization
to synthesize low density polyethylene (LDPE) at high pressure
and high temperature. For the polymerization of vinyl monomers,
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however, the use of tubular reactors on a commercial scale has
not been quite successful. One of the major problems in using
the empty tubular reactors for the polymerization of vinyl- mono-
mers is that the viscosity of the polymerizing liquid increases
significantly as monomer conversion increases, leading to large
radial and axial temperature gradients and a significant distortion
of velocity profiles that leads to a buildup of slowly moving liquid
laver at the reactor walls. Hamer and Ray [1986] indicate that
the velocity profile at the reactor entrance is parabolic; however,
a significant velocity distortion occurs as the polymer solution
flows downward. This is because the fluid near the reactor wall
moves slower and as a results its conversion increases faster than
that of the fluid at the center. Therefore, the velocity near the
wall is reduced. The distorted velocity profile results in a broad-
ening of the polymer molecular weight distribution. The accumu-
lation of stagnant layers at the reactor walls causes poor heat
transfer and an excessive pressure buildup. When a multitubular
reactor system is used for a large scale production, a significant
variation in fluid viscosity may occur during the reaction, leading
to the maldistribution of the polymer solution and serious flow
instability over the various reactor tubes [Mallikarjun and Nau-
man, 1986]. A broad residence time distribution and composition
heterogeneity may also cause nonuniform product properties, ther-
mal runaway and/or flow instability problems.

In view of the fact that many of today’s high performance poly-
mers are produced in small-to-medium volume, it s desirable
to develop new polymerization methods which have the advan-
tages of both batch and continuous reactors and are suitable for
the production of high quality polymers. Free radical polymeriza-
tion of vinyl monomers such as styrene, methyl methacrylate and
vinyl acetate in tubular reactors has been studied by many works
in the past. The potential advantages of using empty tubular reac-
tors as polymerization reactors are, for example, design simplicity,
good heat transfer capability, and narrow molecular weight distri-
bution of the product polymer. However, the problems in using
the empty tubular reactors for the polymerization of vinyl mono-
mers is that the viscosity of the polymerizing liquid increase sig-
nificantly as monomer conversion increases, leading to large radial
axial temperature gradients and a significant distortions of veloc-
ity profiles. As a result, a building of slowly moving liquid layer
occurs at the reactor walls, causing a large variation in residence
time distribution, plugging problems, poor heat transfer, and poor
product quality [Lynn, 1977].

In our previous reports, we have been studied filled tubular
reactor with some axial dispersion effect, such as a near plug
flow pattern, due to intensive radial mixing induced by static mix-
ers [Yoon and Choi, 1995]. In-line mixing devices or static mix-
ers are widely used in chemical industry. A static mixer is a spec-
ially designed geometric structure placed in a pipe. It has no mov-
ing parts or external power requirements. It mixes materials flow-
ing through it solely by redirecting fluid flow using the geometry
of the channels. Mixing elements are installed within the tube
to promote radial flow and to alleviate the composition and tem-
perature difference which would otherwise arise. Each static mix-
er element is a specially designed rigid structure that divides
the incoming flow and recombines it in a geometric sequence
so that intensive radial mixing is obtained. Mixing and contacting
take place as the fluids are sheared and directed radially across
the pipe or duck. The major objective of all element design is
to eliminate raclial temperature and/or composition gradients that
would arise during the flow in an empty tube. In addition, the
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Fig. 1. Schematic diagram of continuous two stage polymerization sys-
tem.

heat transfer through the tube walls is enhanced due to intensive
radial mixing. A solution polymerization of styrene was investi-
gated using a filled tubular reactor packed with static mixing ele-
ments. In order to characterize the liquid flow pattern in the filled
tubular reactor, a residence time distribution (RTD) test was car-
ried out [Yoon and Choi, 1995]. We reported U./D,, =704 m '
(or Peclet number=106), corresponding to approximately 35 ideal
stirred tanks per meter. This RTD test indicated that the flow
pattern in the filled tubular reactor was close to that of the plug
flow but the axial mixing effect was not negligibly small.

In some industrial continuous styrene polymerization process,
a train of reactors consisting of stirred tank reactors and linear
flow reactors is often used (e.g. high impact polystyrene process).
In this study, a two stage was proposed wherein a continuous
stirred tank is used as a prepolymerization reactor for styrene
polymerization in filled tubular reactor.

The purpose of this study is to investigate the feasibility of
the two stage polymerization process. The polymerization reactor
which used to only the filled tubular reactor must have a vessel
to preheat and mix the reaction mixture. When the prepolymeri-
zer can be replaced the vessel, the economical view of the indus-
try have a good advantage. When the stirred tank reactor is used
as a prepolymerizer, a feed stream to the filled tubular reactor
is more viscous than the monomer/solvent mixture in our pre-
vious experiments. Therefore the main objective of this work is
to investigate how the performance of the filled tubular reactor
will be affected by the feed of viscous prepolymer solution. Both
start-up transient and steady state behaviors of the reactor was
investigated through laboratory experimentation and model simu-
lations.

EXPERIMENT

A bench scale continuous two stage polymerization reactor fa-
cility has been built for styrene polymerization experiments. A
schematic diagram of the experimental reactor system is illustrat-
ed in Fig. 1. The continuous reactor system is composed of two
reactor units: a prepolymerization reactor and a filled tubular
reactor. A jacketed glass reactor with a maximum working volume
of 1 liters can be used either a continuous stirred tank prepoly-
merizer or a preheater. The prepolymerizer is pumped to inlet
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of the main tubular reactor via a gear pump. The main reactor
consists of two equal sized jacketed tubes made of stainless steel.
The L/D ratio of each reactor segment is 28 and the tube diameter
is 2.62 cm (ID). Each reactor segment is packed with 24 Sulzer
SMX static mixers and the voidage of the packed tube is 0.91.
Each static mixing element is turned around its main axis by
90 against its neighboring elements. The two reactor segments
are connected by a short hollow connector unit (L=10.2) to which
a ball valve has been attached for the sampling of small amounts
of reactor fluids. There are three thermocouples (J-type) to meas-
ure the temperature at the reactor inlet, middle section and outlet.
The 4 liter vented glass tanks are used as solvent and reaction
mixture storage tanks. Predetermined amounts of bifunctional ini-
tiators, Lupersox 118 (initiator A) and Lupersol 256 (initiator B),
are added to the measured quantity of purified styrene and sol-
vent mixture to prepare the feed monomer solution. The feed
monomer solution is always purged with nitrogen during the ex-
periment. Ethylbenzene (solvent 1) is used as a solvent. Toluene
(solvent 2) is used to flush the reactors feed lines and pumps
after polymerization experiments are completed. All the reactor
feed lines are made of chemically inlet TEFLON, high density
polyethylene, and stainless steel tubings. The reactor is first filled
with ethylbenzene and heated to a desired reaction temperature.
Then the feed monomer solution containing a mixture of initiators
1s pumped to the bottom of the reactor. The polymer samples
is dissolved in toluene and precipitated by the adding excegs
methanol. This procedure is repeated several times to ensure
that unreacted monomer is completely removed. The samples are
dried overnight in vacuo at 40C. Then, the monomer conversion
is determined by gravimetric method. The polymer molecular
weight has been determined by gel permeation chromatography
using four Ultrastyragel columns (Waters; 10¢, 10°, 500 A, and
linear).

KINETIC MODEL

For the solution polymerization of styrene in two stage polym-
erization process, we used a binary mixture of symmetrical bifunc-
tional initiators that have different thermal decomposition activi-
ties. The initiators used are 2,5-dimethyl-2,5-bis(benzoyl peroxy)
hexane [Luperox 118, Initiator 1,] and 2,5-dimethyl-2,5-bis(2-
ethyl hexanoy! peroxy) hexane [Lepersol 256, Initiator 1z] which
are commercially available.

o CH; CHy o)
] 1 I ]
@- C— 00— C— CHyCHy— C— 00 —C —<O>
! |
CH; CH,
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HsC; O CH; CHy O CpHy
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HgCy CH; CH, C.Hy
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Since the peroxide groups in each initiator are separated by
a fairly long hydrocarbon bridge for an inductive effect being neg-
ligible, the thermal stabilities of the peroxides are assumed not
affected by whether or not the neighboring peroxide group has
decomposed. Also notice that the hydrocarbon ligands between
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Table 1. Polymeric species

Symbols  Note

P,:[— live polymer without peroxides

Q. :A— live polymer with undecomposed peroxide A

S. :B—+ live polymer with undecomposed peroxide B

T,: == polymeric diradical

M, : [—] dead polymer

U, :[—A inactive polymer with undecomposed peroxide A
V,:[—B inactive polymer with undecomposed peroxide B

W, : A—B inactive polymer with undecomposed peroxides A and B

U, . A—A inactive polymer with two undecomposed peroxides A
V.’ : B—B inactive polymer with two undecomposed peroxides B

the two peroxide groups in both initiators are identical. The pero-
xide group in Luperrox 118 has a half-life of 9.9 hr at 100C where-
as the peroxide group in Lupersol 256 has a half-life of 21 min
at 100C. Thus, Luperox 118 is labeled as slow initiator and Luper-
sol 256 as fast initiator. Primary radicals are generated by homo-
Iytic scission reactions as follows:

(] CH] CH) (o]
I | | i
I, _A_,@- c~0 + -O(lj—CHZCHz— f—oo-c—@
CHy cH,
(Ry) (Ra)

T |

CHy l CH;
I I
+OC — CH;CHy— CO-
]

CHy gy CHy

T
“ |

HC, © CH; CHy O CHs
o } ! oo
I[g 8, HC —C-0 + +OC—CHCH;— C~ 00—C~CH
I I ] ]
HoCy CHy CH, C4Hy

(Ry) (Rg)

Note that when the primary radicals R4 and R decompose fur-
ther, diradical species R’ is generated. The primary radical R,
‘and R, may also undergo decarboxylation reactions but there will
be no net change in radical concentrations.

The kinetic modeling of bulk styrene polymerization with these
initiators has been reported elsewhere [Yoon and Choi, 1992a,
1992b]. When the polymerization is initiated by the mixture of
these symmetrical bifunctional initiators, as in situ unsymmetry
of initiator functions is obtained and the resulting polymerization
kinetics become quite complicated. The use of the initiator mix-
ture has an effect of continuously supplying radicals through ther-
mal decomposition of peroxides attached to polymer chain ends
even at high reaction temperatures, allowing the production of
high molecular weight polymers at high reaction rate. Thus, it
will be possible to regulate radical concentrations and concomi-
tantly the polymerization rate and polymer molecular weight by
using multiple tubular reactor segments at different temperatures.

Table 1 shows ten polymeric species present in the reaction
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Table 2. A kinetic model with a binary mixture of symmetrical bifunc-
tional initiators

Decomposition of peroxides: T, +M 2k, T,
2
14 —l—((L Ri—R4 Chain transfer to monomer
21):
1, 2, g, -, (02D
R, L’ Ri+R’ P,+M —KL) M,+P,
k Z
R, Kt b Q+M—">U,+P
i
Q B R T, (21) S, +M N > Vot Py
frir

S, Kass R,+T, (1) T,+M——>P,+P,

K Chain transfer to solvent (n21):
Un—"’Rl#Pn (nzz) k

Kus P,+S, —— M, +P,
\/v" — RZ +Pn (1'122) k,

kis Q.+S, —— U,+P,
W, — R,+Q, (n=22) k.

' S,+S, —— V,+P,
W, —— R;+S, (n22) 9%k

2kaa T,+S,—> P, +P
U/ ——Ri+Q. (n22) _— N

9k, Termination (n, mz1):

B

V), —55 R+ S, (n22) K,
Pt P —> M, .

Initiation: K
ki Pt Qu—— U,
R;+M > Py Kk
kI Pn + Sm “,—> Vn S m
R:+M > P, 2k
K P+ T, =P,
Ry+tM—>Q K
k Qut Q@ —— Uj.m
Rz+M +» S, K
2k Q+ S —— Wyim
R'+M > T, oK
kdm Qn+Tm‘_l—>Q»*m
3M —=> 2P, (thermal initiation)
. - Sn ..}_Sm _k‘_., V!
Propagation {n>1): nem
2
Pn+M kl’ ‘)P4| Sn-{_Tm k"Sn*m
4k,
Q+M kP _)Q L Tn+Tm—“'L’)Tn>m
S+M—Fs,

mixture when styrene is polymerized by the mixture of two sym-
metrical bifunctional initiators. Here, the polymer molecules are
identified by the type of their end units. The subscript n indicates
the number of repeating units in the polymer chain. The formation
of various polymeric species listed in Table 1 is due to the pres-
ence of two different peroxides which are redistributed in the
polymer chains through chain transfer and termination reactions.
Note that there are two polymeric radical species (Q, and S,)
containing an undecomposed peroxide and five inactive polymer
species (U,, V,, W,, U,’ and V,’) containing either one or two
undecomposed peroxides which are subject to further thermal
scission reactions. In such applications, it will be important to
estimate the concentrations of various polymers containing unde-
composed peroxides that can be decomposed further in a control-
ied manner in the presence of comonomers. Table 2 shows var-
ious reactions occurring in bulk styrene polymerization reactor.
The kinetic modeling equations for bulk styrene polymerization
with these initiators have been reported by Yoon and Choi [1992a,
1992b]. At high reaction temperatures. thermal initiation also be-
comes important, According to the thermal initiation mechanism

proposed by Pryor and Coco [1970], the thermal initiation reac-
tion is third order with respect to monomer. Since ethylbenzene
is used as a solvent, the kinetic model reported in Yoon and Choi
[1992a] is modified by including the solvent chain transfer reac-
tions (rate constant: Ks) in the kinetic model.

MODEL DEVELOPMENT

1. Modeling of a CSTR (Prepolymerizer)

For free radical polymerization of styrene with a binary mixture
of symmetrical bifunctional initiators in a CSTR of constant vol-
ume V, the following mass and energy balance equations are de-
rived;

dM

V’a{; - q(M,-‘— M) - VkpM(P + Q + S + ZT) (1)
dls

V'@ =q(Ly— 1)~ 2Vkala )]
dlg

A% “:ﬁ; - q(In;-- Ig) —2Vkysls 3)
ds, -

\" g{, = q(S(,, —S,)— Vk/,(P +Q+S5+2T) 4)

dTe
pCV—— =pC,q(T/~ T} + V(— AH)K,M(P+Q+S+2T)

dt'
—hA(Tx—~T) )

Where q is the volumetric flow rate and the subscript f denotes
the feed condition. Physical properties of the polymerizing mix-
ture [e.g., p, C;, (—AH)] are assumed constant and perfect back-
mixing is assumed. It is assumed that monomer consumption
through initiation reactions and chain transfer to monomer is neg-
hgible.

The k-th moments of live and dead polymers are defined as
follows:

ha= E wGLE=P, Q. S, T, U, VG=1; W, U, V(=2 ©

@

A= n*M,, @
n=2
where A and A7 denote the k-th moment of polymeric species
& and dead polymers, respectively. The number average and
weight average degrees of polymerization are expressed as fol-
lows:

. d
xnz%%%% €=P. QS T.U V. W U, V) ®
ENEQ
- d
x=§—‘;‘ﬂ% €=P,Q S T, U, V, W U, V) ©
ENE L 1

The following molecular weight moment equations are derived
and solved simultaneously with the above reactor modeling equa-
tions:

\Y Q;;o = — Ayt V[~ Kaahuo + ks MQ+k:S,Q+ kPQJ (10)
dha _
v vd?’ = = ghua+ VI —kaahas + keMAg, + kiSohg.i
+k(,:Q+A.P)] an
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d 2
\ ;:f = = Qe VL —kpahyo+ kMA,2+ kS,
+hi(h:Q+ 20 14,1+ A2P)] (12)
d 0
\ (j\;l =—qhot Vi— ksho o+ ki MS+k:S,S+ k,PS] (13)
da,.
VT = gV Ko M RS
+ kA 1S+ A P)Y] (14)
di.» _
VT = — qhe2+ V[ = kush 2+ kMAo~ KiS A
+ k(A 2S+ 2% 1A+ AP)] (15)
, d}\w) ,
V- = — gl VT~ (ks kb + k@S] (16)
;dhen
V—"" = —qAu 1t + VL —(kaa + kip)hon + kiAg1S+A,Q)] a7
, Az
V T QA2 VI = ey + kadh o+ k(A 25+ 230,
+A:Q)] (18)
dA, o i
V- 2:,' - qh'.u + V[ — 2Kgahn t %k/Qz] (19)
dAi,
\ ;\E,’l = —qhv: + V[~ 2kgides + kA, Q] (20)
di s
v a Q2T VL= 2kpd 2+ R(A2Q+ 21D (21
d .
v ;:[U = —qheot VL= 2kphea+ %kzszj 22)
I3 d}\r‘.l _
V Tar qhe+ V[ = Zkahey + kAaS] (23)
s 2
v a a2+ VL= 2kashe s+ k(AsaS+ A9 ] (24)
v dAvae 1, .,
T == qhrot VIke M+ kS NP —P)+ Ekzp 1 (25)
diary _
VTt' = —qhu 1+ VIR M +k:S)001 — P1) + kA, P (26)
vd}w'_z _ N
dtT = —qgAy2t VM + k/sSo)(/\-p.z -P)
+ki(Ap2P +25.9)] @7

In actual model simulations, the orignal modeling equations were
reduced to the following dimensionless form for computational
convenience.

_TIT-T _M-M _Ly
A VR i T
x,, = bl _ (=yal—lp
YA,rIr 8 (1— y.-I/)I/ ’
T-T, _ V S
§= -t g=t X.=2
T o q’ X S
v (—AHM, hA,
t: -, = ) =
o P 0T (8)

The numerical values of kinetic and physical constants and CSTR
operating conditions used in the numerical simulations are listed
in Table 3.
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Table 3. Kinetic and physical constants and the reactor operating con-
ditions for styrene polymerization

[ref.]
ks =4.267X 10" exp(—36,800/RT), min~' [Luperox 118] [a]
ks =1.251X10" exp(—31,700/RT), min~! [Lupersol 256] [a]

kin=1.314X 107 exp(—27,440/RT), (L/mol)?-min"! [b]
k, =6.306 X 10* exp(—7,060/RT), L/mol- min [c]
ko =7.530X 10" exp(—1,680/RT), L/mol-min [cd
kixk,
Km0 =2.319X10% exp(—10,790/RT), L/mol-min [d]
k;=1.247X10° exp(—13,769/RT), L/mol-min [c]
(—AH)=16.24 Kcal/mol, pC,=043 Kcal/L°K [c]
*=0.018 cal/cm-min°K fcd
h=0.0747 cal/cm?® min°K Le]
L=1524 cm, D=2621 cm, P.=106
a=0.324 min~!

V=753 cm®, q=4.7 cm®/min

P =0.909 g/cm®, p,=0.867 g/cm®
S,=2.368 mol/L, 5'=8.167 mol/L
M,=6.197 mol/L, T,=298°K

fal Product Bulletin Peroxyesters [1983]
[b] Hui and Hamielec [1972]

[¢] Brandup and Immergut [1989)]

[d] Yoon and Choi [1992]

[e] Nguyen et al. [1985]

2. Modeling of a Filled Tubular Reactor (Main Reactor)

From the RTD analysis of the filled tubular reactor, it appears
that axial dispersion effect is small but not negligible. In the fol-
lowing, a dynamic axial dispersion model is developed for solution
polymerization of styrene with a binary mixture of symmetrical
bifunctional initiators. The mass and energy balance equations
are represented as:

oM +u aM ,

dM

e N az' =Dy 'azz —kMP+Q+S+2T) 29
‘3%? +u, g% = Du ‘;ZL‘ — 2Kl @0
O b, 0 =D 92— okl &)
‘—f:j’ + u%sz =Dus 'ZZZS;’ (32)
%{—,’f u %Tzﬁ :E:(E*,, %}— +(—_p€-pH—)k,,M(P+Q+S+2T)
7%?5 (Te—T) (33)

In the above, it has been assumed that the monomer consumption
by initiation and chain transfer reactions is negligible and that
the solvent consumption by chain transfer reaction is also negligi-
ble. The jacket temperature (T,) is also assumed to be constant.
The following molecular weight moment equations are derived
and solved simultaneously with the above reactor modeling equa-
tions:

oM Mo _ 1y 0% 5
76{'0 tu, aZO =Dyp "a’zi‘o —kaaAeo +KiMQ+k:S5,Q
+kPQ (34)
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polymer solution. The concentrations for the total live polymers

QA_"J+U ﬂ‘&.‘—D "M

. =D, - = + ks MA, . . .
ot oZ i 8Z? Kashr + KMy (P, Q S, T) are calculated by solving the resulting non-linear
+ kSohg1 + ki(A,,1Q + 2,1 P) (35) algebraic equations [Yoon and Choi, 1992a]. It is also assumed
that the physical properties such as fluid density and heat capacity
%}‘:’2 +u, %)\«Zy D.r 05 % 2 Rzt kMg are constant.
R The initial and boundary conditions for the above modeling
FReSodar T ki Q + 2hahar +A0.F) (36) equations are as follows:
%)_‘tf%“_‘_uz ;&ZJ’ Dy 56};20 ~Kashoo+ kMS +k:S,S (i) initial conditions (t'=0):
+kPS 37 M(0; 0<Z<LL)=0, [{0; 0<Z<L)=0, [.(0; 0<Z<LL)=0,
Tw(0; 0LZLL)=T, S,(0; 0<ZLL)=5", A0; 0SZLL)=0 (52)
sy bty Ot kMA.
Y A Y 7 Bl T BT where A is the k-th moment of species i.
+ KiSohar T kiApaS + A 1P) (38) (ii) boundary conditions at the tube entrance (Z=0, t'>0):
Ohz s _p s
o gz D g TRt (M), =(uM-Du &) (532)
+keShso + k(RS + 2hg 1A + A 2P) (39
ola
A-w. 4 X L, (uzI, )m: uzI. _Du Ay (53b)
a—af +u, %%:Dap ‘%@ﬂ’ — Ckas + kapluoo + kQS (40) ! ( SV’ ) 0
ols
S e, 0 ) (W)= <Uzlg* Do (53¢)
v Tu )aZ]_D p éZZx — (kaa + Kasdhees ' dz )z o
+ T
+k¢(qu S )\‘IQ) (41) (pCPulTk)m:<pCPuzTR_k* a-d;k )z 0 (53d)
P40, Bt =D P T (ki s
9 @8 (u8,~ D1y &) (53¢)
+kl()\41.25+2)‘q.l)\§.1+A4,ZQ) 42) dz /e=n
L L oA 1 ; ). = [ ) QA
St +u, &= v, =D, v —2k¢,.)w+»2~k,Q‘ 43) (WA in (‘uzm Dap s ) . (530
a)‘“)"l+u a}wl ) le\i'} S k@ @ (iti) boundary conditions at the tube exit (Z=L, t'20):
ot 9z T grr T M M\ (al oy
=0, =0, (%) =0
a)\«'.z+ dhwa_ D Az _9 Tk P 4 -z Jee vdz e dz /e
av TUgr Dy T ERebe thOQTAD 4 (@T,R) =0, (65) =o. ( ha) g (54)
dz /-t dz - dz Je=t
Mo, dho_p A
—af +u 737 =Dur 7“6270 ~2k¢5)‘4’-°+_2_k’82 (46) In solving the above modeling equations, axial dispersion coef-
ficients must be known. We will assume that the degree of axial
aj%"'*’uz Q)uj'-!:DaI 877\121 — 2kgsher FkAaiS 47 dispersion is same for all species, ie., D,=D. =M, I, I, S
ot oL oz P). For computational convenience. For computational conven-
Oz FYWR hes , ‘ ience, reactor state variables and some parameters are transform-
BF T, jz =D~ pa ~ 2Raphe 2 T KA SH AL (48) ed to dimensionless forms as follows:
I
hare . dhro o 0%ar T T MM Ly
’;tj‘(‘l +Uz 3524,0 ~[)n[’ *"a‘ztg +(kme+kﬁSo)(P_Pl) X? T/ Xw Mi P Y (IA/+IB,)
1., X :E/I/_ L 5= (1 yA/)If IB
kb 49 7" A T yAf)I/
T—T,
oAwra Mra _ 0%hara ) - &= — ’L E“_ Xs=
= tu, o~ = Do s Do Py
ot oL oL L —AH)Mr
+kA, P (50} Bvu—z, t—g. B—**";C—p:rj—_—.
oAz LY aA )»M 2 N 4h0 u.L u,LpC
= 4w, = D + (kM + kS, Py = WL py WLPYy
Y u, Y p (Ksn SR 2 — Py Y oC.D ' P, D.’ P, o (59)
+ ‘P+ (51 L .
k:(?w %) ) The numerical values of various kinetic parameters and physi-
where D,p is the axial dispersion ceefficient for polymeric species. cal constants used in the model simulations are listed in Table
In deriving the above modeling equations, a quasi-steady state 3. The explicit finite difference method was used to solve the
approximation (QQSSA) has been applied to primary radicals and above equations.
live polymeric species (i.e, P, Q., S, T.). It is also assumed that
physical properties such as density and heat capacity are constant. RESULTS AND DISCUSSION
We ignored the volume contraction effect because the monomer
conversion is not very high and a solvent is used to dilute the The validity of the proposed reactor model is evaluated by com-
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Fig. 2. Polymer weight fraction and molecular weight at reactor outlet.
CSTR; 6=80 min, T,=373°K, tubular reactor T, =373°K, T.,
=373°K, {—) model simulation with CSTR, (*--) model simula-
tion without CSTR, a: M,, : M..

paring the simulation results with laboratory experimental data.
In conducting the reaction experiments, the feed temperature was
maintained at 24T at which the polymerization of styrene was
negligible. In theses experiments, the solvent (ethylbenzene) vol-
ume fraction (fs) was held constant at 0.3. Two experimental runs
have been carried out using a CSTR-Filled Tubular Reactor train.
The experimental data show the polymer weight fraction (Wp)
and molecular weight averages (M, and M,)) of the samples taken
from the exit of the reactor at transient and steady state.
The first experiment was carried out at different reactor jacket
temperature where the CSTR temperature is 100C, and the tem-
perature of the first and second tubular reactor segments are
both of 100C with y4=0.5 and 6=80 min. Fig. 2 shows the poly-
mer weight fractions and molecular weight profiles in both the
CSTR and the filled tubular reactor. Also shown in Fig. 2 (c),
(d) are the experimental date in which the prepolymerizer was
not used. Here, @ and a represent the data for the samples with
CSTR and B represents the data for the samples without CSTR.

The solid lines are model simulation results. It is first observed.

that although the feed polymer solution to the tubular reactor
contains 20% polymer, the final polymer weight fraction from the
tubular reactor is only about 38% higher than the feed value
(NOTE: The polymer weight fraction of 0.38 corresponds to 54.2%
conversion of monomer.). Fig..2 (b), (d) shows the polymer mole-
cular weight averages for the first experiment. It is also seen
that the polydispersity is about 2.0. The polymer weight fraction
and molecular weight profiles of the first experiment is also very
similar to those of without CSTR in Fig. 2 (b), (d). This indicates
that the addition of a prepolymer has essentially no effect on
the performance of the filled tubular reactor.

Fig. 3 shows the experimental results of the second experiment
where the CSTR temperature is 90C, and the temperature of
the first and second tubular reactor segments are 100 and 110C,
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Fig. 3. Polymer weight fraction and molecular weight at reactor outlet.
CSTR; 6=80 min, T,=2363°K, tubular reactor T,;=373°K, T
=383°K, {—) model simulation with CSTR, (:-*) model simula-
tion without CSTR, a: M,, ¢: M,.

respectively. The quantitative behavior of the reactor is similar
to that of the first run. Both Fig. 2 and Fig. 3 indicate that pro-
posed axial dispersion model prediction of monomer conversion
and polymer molecular weight averages without any model para-
meters adjusted to fit the data. As a result, a filled tubular reactor
as a polymerization reactor has no effect on the viscosity as a
reaction go on and for the two stage polymerization process, good
agreements between the model predictions and experimental data
is obtained. When the vessel to mix or preheat for tubular reactor
system is replaced by the prepolymerizer, it can bring some ad-
vantages in the economical point of the industry. For example,
the industrial product per hour can be increased by the same
amount of investments. Another potential application of bifunction-
al initiators is to prepare block copolymer. Currently, ionic poly-
merization techniques are used to synthesis block copolymers [e.
g., styrene-butadiene-styrene (SBS) block copolymers and styrene
ispprene-styrene (SIS) (polystyrene-b-polyisoprene) block copoly-
mers). However, it has been known that there are no easy indus-
trial manufacturing processes to obtain block and graft copolymers
of vinyl monomers by free radical polymerization [Piima and
Chou, 1979]. In such applications, it will be important to feed
the sequential comonomer when two stage polymerization process
was employed, it is easy to feed the second monomer right after
the polymerizer.

When empty tubular reactors are used for polymerization, bi-
modal molecular weight distributions are often observed. For ex-
ample, in a recent work by Cunningham et al. [1991] who con-
ducted bulk polymerization of methyl methacrylate (MMA) at 70C
in a tubular reactor, the polymers recovered from the reactor
exhibited a bimodelity was attributed to the fouling at the reactor
walls where high molecular weight distribution even at low mono-
mer conversion (9%). The observed bimodelity was attributed to
the fouling at the reactor walls where high molecular polymers
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move much more slowly than the polymers at the center of the
tube. For all the polymer samples we analyzed, no bimodelity
in the molecular weight distribution curves was observed, sug-
gesting that fouling did not occur in the reactor. It is believed
that some deviations of the model predictions from the experime-
ntal data at Z=L/2 (or £=1/2) have been caused by the presence
of an intermediate empty tube zone between the two sections
of the filled tubular reactor. It is likely that poor radical mixing
must have occurred in the connecting intermediate section of the
reactor.

In particular, the proposed two stage polymerization systems
are suitable for the continuous production of small-to-medium
volume speciality polymers which are difficult or economically
infeasible to make by other polymerization processes using con-
ventional stirred reactors or empty tubular reactors. The possibil-
ity to tailor-make any desirable intermediate by prepolymerizer
is a very important advantage of the free radical polymerization
process compared with other one stage polymerization process.
In a broad sense, the filled tubular reactors (FTR) may be viewed
as a another type of reactive processing systems that including
single screw and twin screw plasticating extruders modified as
polymerization reactors. The screw reactors are used to polym-
erize highly viscous materials that do not require long residence
ttimes and when the polymers are not shear sensitives.

CONCLUSIONS

A mathematical mode! of a two stage polymerization process
has been developed and validated through laboratory experimen-
tation. The kinetic parameters and transport parameters used in
the model simulations were taken from the literature and no ad-
Jjustment parameters were used to fit the model with experimental
data. The overall quality of the model predictions were quite rea-
sonable, indicating that the proposed model is adequate in de-
scribing the reactor behavior. It was found that the addition of
a prepolymerization reactor has almost no effect on tie perfor-
mance of the filled tubular reactor. The experimental results sug-
gest that the filled tubular reactor can be potentially a good contin-
uous reactor for the polymerization of vinyl monomers. There-
fore, the two stage polymerization using filled tubular reactor is
potentially a very important new industrial polymerization technol-
ogy.

NOMENCLATURE

A, :heat transfer area [cm?]
C, :heat capacity of reaction mixture [cal/g°K]

C, :concentration of component i [mol/L]

D  :inside tube diameter [cm]

D.. :axial dispersion coefficient [cm®/min]

h : heat transfer coefficient [cal/cm®min®K]

AH : heat of reaction [cal/mol]

I, s initiator concentration [i=A, B], [mol/L]

I : total initiator concentration of feed mixture [mol/L]

I; :initiator concentration of feed mixture [i=A, B], [mol/L]

k* :thermal conductivity of polymer solution [cal/cm-min®K]

ks :peroxide decomposition rate constant [i=A, B, [min ']

km :chain transfer to monomer rate constant [L/mol-min]

Ko :chain transfer to monomer rate constant at zero monomer
conversion [L/mol-min]

k. :chain transfer to solvent rate constant [L/mol-min]

k,  :initiation rate constant [L/mol-min]

k, :propagation rate constant [L/mol-min]

k,  :termination rate constant [L/mol-min]

ke :termination rate constant at zero monomer conversion
[L/mol-min]

L :total tubular reactor length [cm]

M  :monomer concentration [mol/L]

M, :feed monomer concentration [mol/L]
M, :number average molecular weight
M. :weight average molecular weight

q :volumetric feed flow rate [mol/L]

Re :Reynolds number

T.  :coolant temperature [°K]

T. :coolant temperature of CSTR [°K]

T, :coolant temperature of tubular reactor in the first segment
[CK]

T.. :coolant temperature of tubular reactor in the second seg-
ment [CK]

T, :feed temperature [°K]
Ty :reactor temperature [°K]

S’ :initial solvent concentration in the reactor [mol/L]
S, :solvent concentration [mol/L]

t : dimensionless time

t' :time [min]

u, :axial velocity [cm/min]

PD : polydispersity of polymer [M,/M,]

P, :Peclet number

\Y% : reactor volume [L]

W, :weight fraction of polymer

X,, :dimensionless initiator concentration [i=A, B]

Xy :dimensionless monomer concentration

X, :dimensionless temperature

X; :dimensionless solvent concentration

y+ :mole fraction of initiator A in the imtiator feed mixture
Z : axial distance

Greek Letters

: dimensionltess heat transfer coefficient of CSTR

: dimensionless heat of reaction

: dimensionless heat transfer coefficient of tubular reactor
: dimensionless coolant temperature

: mean residence time [min]

: density of reaction mixture [g/cm?]

pn :density of styrene monomer [g/cm®}

ps  :density of ethylbenzene [g/cm?]

Xer  : k-th moment of live polymeric species [({=u, v, w, u', V'),

T o= W R

{k==0, 1, 2)]
Mre :k-th moment of dead polymers [k==0, 1, 2]
£ : dimensionless distance
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